Any forward osmosis (FO) based water treatment process using a thermolytic draw solute requires a method to remove/recycle low concentrations of residual draw solute contained in the product water. For switchable polarity solvent forward osmosis (SPS FO) this means the removal of residual tertiary amines from the product water. This study explores membrane filtration of 1-cyclohexylpiperidenium bicarbonate (CHP-H 2 CO 3 ) draw solute under conditions relevant to the SPS FO process. Fourteen commercially available nanofiltration (NF) and reverse osmosis (RO) membranes were screened. Several NF membranes displayed good chemical compatibility at CHP-H 2 CO 3 concentrations of 2.5 wt% or higher while maintaining fair selectivity, with flux normalized rejection of~80-99% and flux normalized net driving pressure of 80-400 psi for the normalized flux of 20 LMH. Most sea water and brackish water RO membranes tested showed flux normalized rejection of above 98% and flux normalized net driving pressure of 300-900 psi. A two-pass NF/tap water (TW) RO system is proposed as an effective low-pressure method to remove residual CHP-H 2 CO 3 from water.
Introduction
Forward osmosis (FO) is a membrane process that can be combined with other processes to remove dissolved solids from an aqueous solution [1] [2] [3] [4] . Water transport is achieved by exposing a semipermeable membrane to a feed solution where water passes to a more osmotically concentrated draw solution. Unless the draw solute is included in the final aqueous product (energy drink or fertigation) the draw solute must be recovered [5, 6] in a practical embodiment of the process. It is common in literature to see some form of the claim that FO is a spontaneous low energy process. Generally, this is only true if the energy cost of the solute recovery step is ignored. Even when the recovery is considered it is sometimes demonstrated or considered over an inappropriately low-concentration range which is not representative of a true draw solution regeneration process. There is also the mistaken implication that not using a reverse osmosis (RO) membrane but rather a nanofiltration (NF) or ultrafiltration (UF) membrane to concentrate a solution allows the osmotic/separation energy-cost to be avoided, which is not the case. Even if reverse osmosis (RO) membranes can be avoided, hydraulically driven filtrations to generate osmotically concentrated solutions have an associated fundamental energy of separation cost.
Stimuli-driven (next generation) draw solutes have been developed in part to avoid paying the cost of separation/recovery of the draw through electrical energy via reverse osmosis RO (and other hydraulically driven filtrations). The other major reason to pursue stimulidriven draw solutes is to access higher osmotic pressure draw solutions, given single pass RO can produce a draw solute with a maximum osmotic pressure of about 800 psi. The high osmotic pressure draw solutes allow higher concentration solutions to be treated and higher water recoveries to be achieved. The most significant stimuli-driven solutes are thermally-sensitive solutes [7] , which offer the potential for cost savings over hydraulically driven processes because heat is generally lower cost than electricity. Thermally-sensitive solutes include 1) temperature-dependent phase behavior (lower critical solution temperature (LCST) solutes, such as Na 2 HPO 4 [8] ) and 2) thermolytic solutes which undergo temperature dependent chemical reactions to drive phase behavior (Ammonia-CO 2 [3, [9] [10] [11] and switchable polarity solvents (SPS) [12] [13] [14] [15] ). Both processes can be defined by temperature-dependent equilibria. Equilibria correspond to free energy which can be decomposed into largely temperature independent enthalpic and temperature dependent entropic terms, Eq. (1), where R is the universal gas constant, T is the temperature (K), K eq is the equilibrium constant, ΔG is the change in Gibbs free energy, ΔH is the change in enthalpy and ΔS is the change in entropy. Expressing the concentration of solute via thermally-sensitive equilibrium highlights that a solution will always contain a substantial concentration of solute even after thermally switching. This remaining solute, which can be described as the minimum stimuli-driven concentration (MSDC) [7] , must be achieved within the temperature range relevant to water. The practical temperature window is between 20 and 90°C (293 and 363 K), and over this range, there is at most a 24% change in the entropic factor, TΔS, Eq. (1). The energy cost of removing solute is fixed by the enthalpic, ΔH, value but the temperature range over which the concentration dependent separation occurs is defined by the temperature dependent entropic term. Given that the equilibrium is directly dependent on the entropic and enthalpic terms, Eq. (2), the temperature dependent dynamic concentration range is ultimately defined by the ΔH. To raise the maximum concentration while holding the MSDC constant at a fixed value for an ideal system requires the enthalpic term, ΔH, to increase. Alternatively if the maximum concentration is held constant and the MSDC is lowered, ΔH must still increase. There is an order of magnitude difference in the high and low solute concentration for every~29 kJ/mol of increase in ΔH in the 293 and 363 K temperature window, based on Eq. (2). As mentioned, the ΔH term is where the energy of separation/desalination is paid when using a thermolytic draw solute. The limitations of thermolytic draw solutes will be explored quantitatively in a subsequent publication, but qualitatively the more completely a system switches the more energy, ΔH, that switch will require and the less efficient the overall process. Thus, optimization of a thermolytic draw solute requires processes to remove the remaining solute that is inaccessible by the rational application of thermal energy. The osmotic filtration of thermolytic draw solute solutions may be performed using RO, nanofiltration (NF), or ultrafiltration (UF) depending on the molecular volume of the solute, which directly impacts the pertinent rejections. Understanding that an FO process will always need to be paired with osmotic filtration is important for efforts to develop new draw solutes. Selection of the filtration process will vary with the draw solute, but will likely avoid sea water RO membranes given that they require a minimum pressure to operate that would negate any energy advantage of using a thermolytic draw solute.
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Switchable Polarity Solvent Forward Osmosis (SPS FO) is a process which uses a thermolytic draw solute, namely a water-immiscible tertiary amine to produce a water-soluble tertiary ammonium bicarbonate. 1-cyclohexylpiperdine (CHP) is optimized for use in the SPS FO process; CHP can be combined with water and CO 2 to form 1-cyclohexylpiperdinium bicarbonate (CHP-H 2 CO 3 ) draw solute with an osmotic pressure > 7000 psi and effectively switched back to the free amine, Eq. (3) [7, 12, 13, 16, 17] . However, it cannot be completely switched back for the reasons discussed above. In the case of CHP-H 2 CO 3 , the MSDC is between 1 and 2 wt% (~30-60 psi)
In this work, an sequential two-step osmotic filtration is proposed, where the rejectate from the first membrane separation is returned to the thermal separation process and the rejectate from the second membrane step is looped back to the first membrane. This osmotic filtration system is appropriate for CHP-H 2 CO 3 . Similar osmotic filtration systems are expected to be necessary for all thermally sensitive solutes based on equilibrium MSDC concentrations of the solute.
Commercially available membranes were characterized for their compatibility for with CHP and CHP-H 2 CO 3 . In particular, fourteen different NF and RO membranes were screened for compatibility and to determine process operating requirements. The flux normalized rejection (FNR) and the flux normalized net driving pressure (FNNDP) of membrane coupons were explored with short terms studies (~3 h) followed by longer term 24 h studies. Finally module studies were conducted with the most promising candidates.
Experimental

Materials
1-Cyclohexylpiperidine (CHP) was purchased from Alfa Aesar® (Ward Hill, MA) and used as received. 99.9% pure carbon dioxide was used for the preparation of CHP-H 2 CO 3 from CHP and water. [13] All the membranes used here were received from Sterlitech Corporation (Kent, WA) and used as received. NF membranes used were: i) DOW FILMTEC NF90, ii) DOW FILMTEC NF270, iii) GE Osmonics Duracid iv) GE Osmonics DK, v) GE Osmonics DL, vi) GE Osmonics CK and vii) Nanostone NF4. RO membranes used were: i) DOW FILMTEC BW30, ii) DOW FILMTEC SW30, iii) DOW FILMTEC SW30XLE, iv) DOW FILMTEC TW30 v) Toray 73AC, vi) TriSep ACM1 and vii) Toray 73HA. A high pressure stainless steel (SS) diaphragm pump (Wanner Engineering, Inc.; Minneapolis, MN) and high pressure SS membrane module (Sterlitech Corporation; Kent, WA) were used for the coupon tests. A summary of the manufacturer's information for the membranes used in the study has been provided in Table 1 . 
Methods
CHP and carbon dioxide were contacted in an aqueous environment to form CHP-H 2 CO 3 using the method previously reported by Orme et al. [12] . A gas chromatography (GC/HP5890) and freezing point osmometer (Advanced Instruments) were used to determine concentration [13] . Isothermal filtration experiments (22 ± 2°C) at different pressures were completed for each membrane. The trans-membrane pressures for each membrane ranged from 150 to 350 psi. The solutions had variable concentrations of CHP-H 2 CO 3 , ranging from 0.8 to 12 wt% in water. A constant cross flow velocity of 15.5 cm s −1 of the mixture was maintained for each experiment, which was equivalent to 800 mL min −1 for the test apparatus. The Sterlitech high pressure filtration module had an inner membrane area of 42 cm 2 . A high pressure metering pump was used to produce the flow rate and a backpressure regulator was used to produce the transmembrane pressure across the membrane module. The process flow diagram is featured in Fig. 1 .
Theory
Water flux through a membrane is defined as the amount of water that passes from one side of the membrane to the other per unit membrane area per unit time, Eq. (4) [18] .
where ΔV is the volume of liquid passed through the membrane (L), A is the membrane area (m 2 ) and Δt is the time interval over which the liquid volume is collected (h).
According to Darcy's law, the water flux is directly proportional to the overall effective pressure difference (hydraulic and osmotic combined) across the membrane and inversely proportional to the mass transfer resistance Eq. (5) [15, [19] [20] [21] [22] .
where J w is the water flux (L m
), Δπ is the osmotic potential of the solution (bar), ΔP is the transmembrane pressure (bar), A is the water permeability constant (A-value or water permeance) and ΔP -Δπ is the net driving pressure (NDP).
Rearranging Eq. (5),
Similarly, the Equation for the solute flux is the following:
where J s is mass of solute passing through the membrane per unit time per unit area (kg m
) and B is salt permeability constant (Bvalue or salt permeance). [23] Similarly, membrane intrinsic rejection is the percentage of the feed solute that does not passes through the membrane with the permeate, Eq. (8) [18] .
where R is the membrane intrinsic rejection (%). Similarly,
where SP is the fraction of solute passage from the feed to the permeate.
Rearranging Eq. (7) by applying Eq. (9), 
where Jw is the constant flux and FNR is expressed in %. Similarly,
where FNNDP is expressed in psi.
The overall productivity is volumetric flow of product water with respect to volumetric flow rate of feed at the specified operating condition.
where P is the productivity (%), Q p is volumetric flow rate of permeate (L min −1 ), and Q f is volumetric flow rate of feed (L min
). For a membrane element, the concentration of incoming feed is always different than the concentration of exiting feed. Thus, the performance of such elements is always evaluated based on the log average concentration of feed in the module, Eq. (14) .
where C fla is the log average feed concentration over the entire element.
Results and discussion
Scaling up the SPS FO technology, Fig. 2 , involves optimizing four different processes: 1) gas contacting to form the draw solution, 2) forward osmosis membrane extraction of water, 3) degassing to separate the organic and aqueous phases of the diluted draw solution and 4) separation of clean water from the aqueous phase. The separation of clean water can be further broken into three passes featuring 4a) mechanical liquid separator (decanter), 4b) low-pressure osmotic filtration process, and 4c) an optional stationary-phase polishing column (or oxidative treatment) purification. This work addresses step 4b the low-pressure osmotic filtration process. Initial membrane compatibility studies with the first generation SPS suggest that SPS should be compatible with the established membrane materials [24] .
The diluted CHP-H 2 CO 3 draw solution that emerges from the B. Adhikari et al.
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forward osmosis unit is degassed at 60-80°C [12] . The degassing process removes the majority of the H 2 CO 3 in the form of CO 2 . The majority of CHP in the aqueous solution phase separates and can be decanted away but a small amount of CHP-H 2 CO 3 , 1-2 wt% (osmotic pressure 30-90 psi, Table 2 [13]), is not practical to remove with the degassing process because of the inherent thermodynamics of this process. The goal of this research effort is to identify a low-pressure osmotic filtration process for addressing the low concentrations of dissolved tertiary amine and tertiary ammonium bicarbonate. The process requires good rejection of the tertiary amine (protonated & unprotonated forms), good permanence, and a membrane that operates at low pressures.
Initial NF membranes screening studies
Chemical compatibility plays a major role in the selection of membranes that must operate in environments rich in low molecular weight organics such as CHP. A membrane process is viable only when the membrane survives in terms of maintaining its selectivity and permeability, usually in excess of hundreds or thousands of hours of operation [25] . NF membranes were chosen for their manufacturerrated chemical resistivity in terms of pH and temperature as well as higher permeance in comparison to the RO counterparts at much lower operating pressure regimes [26] [27] [28] [29] [30] . Organic solvent nanofiltration (OSN) is a maturing membrane-based separation technology that allows discrimination between molecules in the range of approximately 100-2000 Da in organic media (CHP 167 Da and CHP H 2 CO 3 229 Da). Some OSN membranes can also operate in harsh pH and temperature environments [31] . CHP and CHP-H 2 CO 3 were not expected to be compatible with all membranes tested.
The initial studies were short experiments focused on the membranes, initial flux normalized rejection of CHP-H 2 CO 3 and net driving pressure. The purpose was to screen selected membranes that could be candidates for repeated exposures and longer runs. These initial tests used feed solutions that contained 1-4 wt% concentrations of CHP-H 2 CO 3 . They were carried out at nominal transmembrane pressures of 150 psi. Membranes that survived these filtration tests were characterized for FNR of CHP-H 2 CO 3 and FNNDP. To understand the variability in the performance and eliminate potential outliers, each of these tests were performed in triplicate.
The FNNDP metric was used in these evaluations because it allows for easy calculation of energy required to conduct a filtration under industrially relevant conditions. In the absence of an energy recovery device (ERD) for a given flux rate the minimum required energy is the product of the volume of solution directed at the filtration system and the FNNDP. In the presence of an ERD the minimum energy required is the product of volume passed through the membrane and FNNDP plus the energy the ERD fails to capture (product of rejected volume, FNNDP, and ERD efficiency). Once this relative energy is normalized to the recovery fraction, various processes can be easily compared.
Most of these membranes displayed reasonable FNR and FNNDP during these short term experiments but showed variations in performance, primarily in terms of FNR, Fig. 3 and Table 3 . It was not possible to obtain data for GE Osmonics Duracid membrane and post exposure investigation showed delamination of the selective layer. GE Osmonics CK membranes showed fair FNR (88.7%) and FNNDP 
High concentration nanofiltration studies
DOW FILMTEC NF90, DOW FILMTEC NF270, and GE Osmonics DL membranes were exposed to higher transmembrane pressures (300-350 psi) and feed concentrations (2.5-4 wt%). Fig. 4 captures the high end of the osmotic filtration required for the SPS FO process where the CHP-H 2 CO 3 concentration exiting the mechanical liquid separator is expected to be 0.5-4 wt%. All of these membranes performed consistently over multiple tests. At higher concentrations (4 wt%) the GE Osmonics DL membrane had reduced water flux but performed very well at 2.5 wt% with 200.8 psi FNNDP and 90% FNR of CHP-H 2 CO 3 . DOW FILMTEC NF270 membrane performed well with 234 psi FNNDP and 63.98% FNR of CHP-H 2 CO 3 with some variability. The DOW FILMTEC NF90 performed with 242 psi FNNDP and 98.1% FNR of CHP-H 2 CO 3 with low variability.
Because of reduced variance the DOW FILMTEC NF90 was tested at different feed concentrations, Fig. 5 . These feed concentrations were 1.8-4.8 wt% CHP-H 2 CO 3 . The DOW FILMTEC NF90 performed very well by rejecting more than 90% on each of these tests. FNNDP increased from~105-370 psi.
Initial RO membrane studies
For the SPS FO process to be cost effective it needs to recycle virtually all the tertiary amine and, for most applications the product water can only accommodate trace amounts of the amine with target potable levels in the parts per billion or trillion [14] . Achieving very low concentrations of CHP or CHP-H 2 CO 3 in the permeate stream was expected to require an RO membrane; the high selectivity of NF90 in the relevant concentration range was not expected. Based on these expectations RO membranes were explored in parallel to the NF membranes to determine their compatibility and selectivity for CHP-H 2 CO 3 solution, generally at lower concentration than in NF membranes. This screening included DOW FILMTEC BW30, DOW FILMTEC SW30, Toray 73AC and TriSep ACM1 membranes.
All of these tests were performed at 1% CHP-H 2 CO 3 solution concentration and trans-membrane pressure of 300-350 psi. After exposure to CHP-H 2 CO 3 the Toray 73HA membranes showed signs of delamination of the selective layer and tore during removal form the cell. Prior to removal from the cell, it showed FNR of 97. 
Long term membrane filtration tests
Prolonged exposure studies, 3 consecutive 8 h runs to yield a 24 h test, were conducted on promising membranes that were selected based on their commercial module availability, FNNDP, FNP, and chemical resistance. The membranes selected were DOW FILMTEC NF90, DOW FILMTEC NF270, DOW FILMTEC BW30 and DOW FILMTEC SW30. All the membranes were exposed to 1 wt% CHP-H 2 CO 3 feed at 300 psi transmembrane pressures, Fig. 7 .
All of these membranes survived with FNR above 90% except for DOW FILMTEC NF270 which had FNR of~74.8%. DOW FILMTEC SW30 had FNR of 97.9% and FNNDP of 932 psi whereas DOW FILMTEC BW30 had FNR of 98.3% and FNNDP of 283 psi. DOW FILMTEC NF90 showed FNR of 97.4% and FNNDP of 340 psi for these conditions. These tests were used to determine which modules to select for the modular filtration tests.
Membrane module filtration tests
With viable membranes identified, efforts transitioned from coupon testing to module studies. The module studies ensure material compatibility and collect the information necessary to scale the process. The modular studies were performed as a continuous system: The feed had a constant CHP-H 2 CO 3 inlet concentration and flow rate and this was balanced by the combined permeate and rejectate flow rate. This change in methodology is required because of a significant increase in membrane surface area when transitioning from coupon to module studies (0.0042 m 2 vs. 1.0 m 2 ). Since reducing the CHP-H 2 CO 3 concentration in the permeate water is a necessity and none of the membranes showed the potential to decrease the concentration to 1 ppm (0.00001 wt%) or below, a two-or potentially three-pass filtration system is envisioned. The chemically robust DOW FILMTEC NF90 can serve as a first pass membrane. The second pass could have been the BW30 membrane; however for the process to be cost effective it needs a membrane whose minimum operating pressure matches the negligible osmotic pressures involved in reaching trace levels of tertiary amine. Based on the trend observed for DOW's seawater (SW) and brackish water (BW) membranes this effort explored the tap water reverse osmosis (TW RO) membrane which is designed for lower concentration, higher permeance, and lower minimum operating pressure. Thus, the modules used were DOW FILMTEC NF90 (1.4 m 2 membrane area) and DOW FILMTEC TW30 (1 m 2 membrane area). The advantage of using low minimum pressure membranes is that depending upon the concentration of feed; the filtration can be performed at or close to the minimum operating pressure range. While choosing the membranes, minimum operating pressure must be considered. For example, operating a sea water membrane at 500 psi that gives a FNR of 99.9% is much more energetically expensive than operating an NF/TW RO two-pass configuration at 200 psi feed side pressure with rejections of 95% and 98% for an overall FNR of 99.9%. The manufacturer assigned operating conditions of these membranes are detailed in Table 4 . Weight percentage, molality, osmolality and osmotic pressure of different CHP-H 2 CO 3 solutions at room temperature are illustrated in Table 2 .
Before performing each experiment, these membrane modules were conditioned by flushing them with DI water. After that, each membrane was conditioned by running a filtration that involved 1000 ppm (0.1 wt %) SPS for two hours at 150 psi TMP for DOW FILMTEC NF90 and 30 psi for DOW FILMTEC TW30 at a feed flow rate of 1.5 L min −1 . The experiments were then carried out by running the filtrations for two hours each while recycling both reject and permeate back to the feed tank to maintain a desired feed concentration throughout the experiment. Permeate and feed samples were collected every ten minutes and analyzed. For the DOW FILMTEC NF90 module test, the recirculation flow rate of 1.5 L min −1 was maintained and 150 psi of transmembrane pressure was applied throughout the experiment. For the DOW FILMTEC TW30 module test, recirculation rate of 1.5 L min −1 was maintained and 25 psi of transmembrane pressure was applied throughout the experiment. The DOW FILMTEC NF90 membrane performed exceedingly well during the modular tests: FNR of > 98.5% and FNNDP of 130 psi were achieved during all three separate runs. The feed solution concentration was 1.5 wt% which corresponds to a realistic practical solution concentration. [12, 15] The DOW FILMTEC TW30 membrane module was exposed to 2000 ppm (0.2 wt%) CHP-H 2 CO 3 solution. This (Fig. 8 ).
Design and implementation of multi-pass process
Early in the scoping studies it was observed during post-operation inspection that RO membranes exposed to high concentrations of CHP-H 2 CO 3 formed a film on the membrane surface (presumably organic CHP). It is believed that this film reduced both permeability and selectivity. In addition to immediate reduction in performance, it is expected that this film would damage the membrane over time. This is the reason that NF membranes were explored for the initial removal of the bulk of the SPS. NF membranes are reputed to be extremely chemically resistant, but because of their relatively loose pore structure, their overall rejection is not as high as RO membranes. However, some of the NF membranes tested performed well with high rejection at high CHP-H 2 CO 3 concentrations with FNR ≥90%. Given that NF membranes have very good chemical compatibilities and relatively low operation pressures and tap water RO membranes have very low minimum operating pressures, low cost, and compatibility with low concentrations of CHP-H 2 CO 3 it is possible to envision a multi-pass process. A multi-pass separation system comprised of an NF module (or modules) followed by a TW RO module (or modules) is expected to be cost effective. In such a system, the NF membrane is exposed to high concentrations of low-molecular-mass organics in the first pass and the RO membrane with a lower minimum operating pressure can provide further purification in the second pass where the osmotic pressure is negligible. A single pump that can generate head pressure of 200 psi can be very effective in this situation as numerous studies have already proven that staging (multi-pass) membrane systems is often more robust and cost effective [32, 33] . By doing this, we can reject more than 99.9% of the tertiary amine bicarbonates from the product water. A three-pass membrane system is also a possibility where an NF membrane can be followed by two TW RO membranes depending upon the purity of water required in the permeate stream. Fig. 9 provides a schematic illustrating the staging of the filtration system.
Using this proposed two/three-pass system, a rough model for the purification can be developed for a feed stream of 1.5 wt% of CHP-H 2 CO 3 solution. In the first pass, a DOW FILMTEC NF90 membrane produces the permeate by rejecting > 98% CHP-H 2 CO 3 while operating at 150 psi transmembrane pressure. The modeled recovery of this pass is~75%. The log average concentration of the feed in the first pass is 2.77 wt% of CHP-H 2 CO 3 solution. In the second pass, a DOW FILMTEC TW30 membrane module produces the permeate by rejecting > 98% CHP-H 2 CO 3 . The modeled recovery of this pass is~90%. The inlet feed concentration of this pass is 0.03 wt% of CHP-H 2 CO 3 . The log average concentration of the feed in the first pass is 0.095 wt% CHP-H 2 CO 3 solution. Altogether, these two membranes in series can produce permeates with 99.96% overall rejection of CHP-H 2 CO 3 and overall recovery above 68%. This recovery of 68% represents a baseline for industrial relevance and further improvement. The rejectate from the pass involving DOW FILMTEC NF90 goes back to the draw solution thermal treatment and the rejectate from the pass involving DOW FILMTEC TW30 goes back to the DOW FILMTEC NF90 module. Another TW30 membrane module can be added in series which can effectively reject > 98% of CHP-H 2 CO 3. The overall rejection of this three-pass system can be above 99.9992% of CHP-H 2 CO 3 . For the feed stream that has 1.5 wt% CHP-H 2 CO 3 , the final permeate from the twopass systems is 6 ppm (0.0006 wt%) with a total transmembrane pressure of 175 psi and from the three-pass systems is 0.12 ppm (0.000012 wt%) of CHP-H 2 CO 3 with a total transmembrane pressures of 200 psi. There is generally an added cost with most multi-pass/stage systems that is incurred with the introduction of additional pumps; because the proposed two/three-pass systems can be driven with a single pump they avoid the majority of the cost associated with staging. If further reduction in the CHP concentration is required it can be removed with a stationary phase (such as activated carbon) or an oxidative treatment, both of which are currently being studied.
An integrated two-pass NF/TW RO system was built and performed filtration at 150 psi overall pressure using a 1.5 wt% feed solution. The NF side feed pressure was 100 psi and the TW RO side feed pressure was 50 psi and achieved a FNR of 99.8%. Using single modules it was impractical to balance membrane surface area requirements and so each step was also studied separately. In the first experiment, a constant feed side flow rate of~0.5 gallons per minute (GPM) of 1.5 wt% CHP-H 2 CO 3 was directed to the NF module of which~0.15 GPM of nanofiltration concentrate was recycled back to the NF feed tank (recovery fraction 71%). Based on this performance 0.045 wt% would be directed to the TW RO module however to address limited analytical sensitives the TW RO experiment used an elevated concentration of 0.2 wt% CHP-H 2 CO 3 . In the second experiment, a constant feed side flow rate of~0.3 GPM feed of 0.2 wt% CHP-H 2 CO 3 was directed to the TW RO module where~0.09 GPM of concentrate was rejected back to the TW RO feed tank and~0.2 GPM was extracted as permeate. This was an experimental recovery fraction of 55% starting from 0.2 wt% CHP-H 2 CO 3 but represents a recovery of 90% starting from 0.045 wt% emerging from the NF permeate. Each experiment was performed for 6 h. Samples were collected at various intervals from the feed and permeate then analyzed with gas chromatography and a freezing point osmometry to ensure consistent performance and determine FNR. The NF side average FNR for CHP-H 2 CO 3 solution was 97.0% and the TW RO average FNR was 97.0%. The overall NF/ RO FNR for CHP-H 2 CO 3 solution was 99.9% and the overall modeled water recovery was~64%. This generally matches our baseline case which is industrially feasible in our technoeconomic analysis and from which further optimization can be achieved [14] . 
Conclusions
Several NF and RO membranes were tested to compare and contrast their chemical compatibility in a filtration environment with CHP-H 2 CO 3 at different filtration conditions. Some membranes showed good compatibility while others showed low selectivity and high net normalized driving pressure following exposure to dilute CHP-H 2 CO 3 . A two-pass NF/RO membrane system is well suited for recovering residual SPS from the mechanical separator outlet stream, and this configuration can also solve the materials compatibility issues of RO membranes at higher CHP-H 2 CO 3 concentrations. Because of thermodynamic limits on removing a stimuli-driven draw solute through a thermal process a final osmotic filtration process such as discussed here is expected to be required for all FO processes using thermolytic draw solutes.
